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BATCH AND CONTINUOUS BLENDING OF NEWTONIAN FLUIDS
USING HELICAL RIBBON IMPELLERS

J.R. Bourne., *W. Knoepfli and **R. Riesen

E.T.H. Zurich, Switzerland

Summary

The helical ribbon impeller has often been recommended for homogenising highly
viscous fluids in the laminar flow regime. The first phase of the present investigation
covered batch homogenisation at two scales, using 8 helical ribbons having 3 pitches and
various wall clearances. The power consumption and the mixing time (measured by an
acid/base neutralisation) were measured as functions of stirrer speed and viscosity in
glycerine solutions within the laminar and transitional flow regimes. The results were
interpreted with respect to:

a) Scale-up criteria;
b) The pitch and wall clearance of the helical ribbon, which consumes the least
energy when blending Newtonian fluids.

In the second phase the residence time distribution was used to characterise contin-
uous operation, whereby the optimal impeller see b) above was employed. A photo-
chromic dyestuff in glycerine was injected into the feed and the outlet concentration repre-
sented in the time and the frequency domains. These measurements were used to deter-
mine break-through, circulation and mean residence times and also the pumping capacity
of the impeller. Downwards pumping avoids quasi-dead zones in secondary circulation
loops. In batch and continuous operation with downwards-pumping, three circulations of
the tank contents gave a high degree of blending, irrespective of viscosity.

Held at the University of York, England.
Organised and Sponsored by BHRA Fluid Engineering in conjunction with the Institution of Chemical Engineers.
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Clearance between helix and tank wall
Diameter of helical ribbon
Inner diameter of tank
Height of helix
a/D
Rotational speed of helix
Power consumption
Throughput
Circulation rate
Pitch of a helix flight
,tc,tm,-’ﬁ Breakthrough, circulation, mixing and mean residence times
Width of the helix
Liquid volume

Liquid height with impeller at rest

Fluid density

Viscosity

Nominal mean residence time (V/q)
Angular velocity of impeller
Angular velocity of fluid

Power number (P/p N’ d5)
Reynolds number (N a2 p/u)



INTRODUCTION

Starting with the investigations of Nagata et al. in 1957 (Ref.l), various studies of
the flow pattern, power consumption and blending time characteristics of the helical

ribbon impeller have shown that the whole fluid is set in motion at a moderate specific

power consumption. However a turbine may well produce only local agitation in highly
viscous fluids, particularly when they possess pseudoplastic or plastic flow propert-—
ies (Ref.2). The helix conveys fluid up or down near the wall depending upon its dir-
ection of rotation and this fluid circulates and returns via the central region. This
primary flow pattern is supplemented by a secondary flow inwards along the base when
pumping upwards (Ref.3). For blending highly viscous, Newtonian liquids, the follow-
ing helix geometry has recently been proposed (Ref.4):

s/d = 1 w/D = 0.1 a/D = 0.95

The first objective of this communication is to present a different optimal geometry,
which minimises the energy input for a given mixing time and so limits viscous heat-

ing.

Few measurements of the residence time distribution when blending viscous fluids con-
tinuously have been published. Only one partial study of the helical ribbon could be

found (Ref.5). Among the still open questions are:

a) A convenient and accurate method to measure the residence time distribution (RTD);
b) The influence of the feed and offtake points on the blendingj;

¢) The extent to which correlations (e.g. for circulation time and capacity) obtained
in batch experiments are applicable to continuous blending.

The second objective of this paper is to attempt to clarify these matters, at least
for viscous Newtonian fluids.

EXPERIMENTAL

Batch operation

Seven helical ribbons having 3 different pitches and 4 different wall clearances,
were used in batch experiments at the 0.023 m3 scale (tank diameter 0.29 m). The
geometry of the tank/impeller system is shown in Fig.l; the dimensions are given in
Table 1, which also includes data for the 0.73 m> tank (diameter 0.92 m). The linear
scale-up factor was 3.17. As indicated in Fig.l, all helices had two flights.

The fluids used were glycerine/water solutions containing up to 10 % water and having
densities and viscosities in the ranges 1244-1270 kg m=? respectively 0.18-2.13 Pg s
(284-298 K). A No atmosphere was used to avoid absorption of water from the atmo-
sphere and consequent fall in viscosity.

The rotational speed was continuously variable from 3 to 110 rpm in both directions,
so changing the pumping direction of the helix. The power absorptior. was determined
from the speed and the couple in the shaft, which was measured by a torque trans-
ducer, as explained elsewhere (Ref.6).

The blending time was determined by adding a small quantity of 2N HESO4 solution in
glycerine to the tank, which had been made alkaline with NaOH and contained phenol-
phthalein (pK-value for change from red to colourless = 8.4). Three decolourisations
were made for each set of conditions (viscosity, stirrer speed and direction), the
times differing by less than 5 % from each other. A total of 24 such measurements
were possible before the fluid in the tank had to be changed. The blending time det-
ermined by chemical decolourisation depends also on the stoichiometric ratio of acid
to base (Ref.7). Typical results are shown in Table 2, here for N = 60 rpm.

The acid/base ratio was standardised at l.4. The position on the surface at which the

acid was added had no effect on the blending time (Ref.8).




Continuous operation

The RTD was measured by introducing a quantity of a photochromic dye into the feed to
the tank and measuring its concentration photometrically in the outflow. The dye was
then converted to a non-absorbing form before the whole stream was recycled to the
mixer. Full details of the experimental technique are given elsewhere (Ref. 9, 10)%

The helix used was similar to impeller D (Table 1), having d/D = 0.91; s/d = 0.57;

h/d = 1.17; w/d = 0.12 and zp/d = 1.36 (D = 0.290 m), The volume of liquid in the tank
was 0.0234 m?. The outlet was directly below the shaft. The inle'b5 a_hole of 0.025 m
diameter, was in the tank wall, 0.080 m above the base. 3.5 x 10~ mJ of a concentrated
dye solution was introduced into the feed without impulse, as explained elsewhere
(Ref.9). The inlet signal was approximately a square wave having a width of 2-3 s or
at most 1 % of the mean residence time. Sulzer static mixing elements were inserted
in the inlet pipe and also in the outlet pipe immediately below the tank base to
homogenise the streamlines. Otherwise the laminar velocity profile would have dis-
torted the concentration determination in the flow-through cells (Ref.ll). The con-
centration in this exit stream could be measured with a relative error of approx. 2 %,
this being also the errgr in the RTD density function. The sample volume or "scale of
scrutiny" was 1.1 x 10~° n3. Input and output signals were plotted and also stored on
magnetic tape for computer evaluation.

Fig.2 shows an idealised RTD from which the following times could be estimated:

a) Dead or breakthrough time t

D;
b) Circulation time t,3

c) Mixing time tm-(time needed for measured RTD to come within 4% of the theoretical value)

tpm was subject to considerable scatter and was to some extent subjectively determined.
The density function of the RTD was also Fourier transformed and represented in Bode
and Nyquist diagrams, which allowed comparison with the classical analytical forms for
a perfectly mixed unit and also the determination of mean residence time t and te. In-
tegration of the density function over the time in the usual way also gave the mean
(t) and variance of the RTD.

Various tests were conducted. The helix was replaced by a propeller and eosine — a
fluorescent substance - in water was well mixed. Taking absorption signals from the
optical cells, the nominal mean residence time (T) of 346 s was estimated with an
error of £ 12 s (% 3.5 %), Linearity and reproducibility with two fluorescent sub—
stances were also established, although the outlet signal was noisy. The larger
fluctuations were caused by a few air bubbles and particles of dirt. The smaller ones
were due to streaks of concentrated tracer, which are characteristic of coarse-scale,
non-turbulent mixing, and noise in the electronics at low absorptions (transmission >

95 %).

RESULTS

Power consumption

The ranges of Re numbers covered at the smaller and larger scales were 20-770 respect-
ively 3400-7700. The results from the smaller tank covered the end of the laminar
region (Re < 100) and the start of the transition region, as is shown in Fig.3 for
impeller A pumping in both directions. Here, as well as for impellers B, D and G,

some 10-15 % more power was drawn when pumping upwards. For impellers E and A* there
was no effect of direction, while for ¢ and F about 20 % less bower was consumed pump-
ing upwards; these impellers had the smallest wall clearance. The inverse proportion-
ality between the power and Re numbers ended in all cases at Re ~ 100, as found ear-
lier (Ref.6) for Newtonian fluids.

Power measurements in the laminar region may be grouped to account for geometrical
variables:



a) Using the analogy between Couette flow and the shear in the gap between the im-
peller and the wall (Ref. 3, 6); :

b) An extension of method a) taking into account the surface area of the helix
(Ref.12);

¢) Multiple, non-linear regression.

The applicability of method a) is discussed elsewhere (Ref.8), where smooth changes in
power consumption with pitch and clearance were found. These may be summarised in the
empirical correlation (method c): :

Po = 134 (/D) (8/D)™°3 (¢/D)70"% re™! [1]

The width of the helix (w) was not included, since for all 7 impellers w/d was con-
stant (0.12). The measured values of the product Po.Re are given in Table 3.

Equation [1] fitted these values relating to the laminar regime with an average error
o5 2 %. It should not of course be applied to non-Newtonian fluids and geometries not
included in Table 1. The decrease in shear rate and power consumption with increasing
pitch and wall clearance, explained previously (Ref.6) using the Couette flow analogy,
is also evident in equation [1].

Fig.4 shows on the left hand side power data taken for impeller A from the smaller
tank while the 4 points on the right refer to the larger tank (impeller A*). Al though
these impellers have the same pitch (s/d = 0.35), A has the larger clearance (d/D =
0.908 compared to 0.954 for A¥). Using equation [1] to estimate the power consumption
of a smaller impeller with the same clearance as A¥* (d/D = 0.954), the broken line is
obtained. Extrapolating this downwards to the Re range in the larger tank, it is clear
that the measured power consumption for the larger tank exceeds the extrapolated value
by approx. 60 %. The identity of the slopes (approx. -0.72) suggests that the trans-
ition region is broad extending from Re 100 to at least 8000. Earlier measurements
(Ref.6) using the large tank had also a slope of -0.72 in the transition regime and
showed no discontinuity at Re up to 1100. The reason for the rapid increase in power
consumption is probably the formation of Taylor vortices between the impeller and the
wall. The critical Re for vortex formation when the inner cylinder rotates is (Ref.lB):

2
G, &5y # B or 115 g5/ 2 2]

where Qi = 2m N; K = 0.954; Rj = d/2. Whence Regpit = (n a? p/u)crit = 2500. Thus
Taylor vortices should have been present in the larger tank over the range of Re cov-
ered here (3400-7700). It is known that they increase drag by initially 60-80 % (Ref.
14), which agrees fairly well with the rise shown in Fig. 4.

Batch blending time

The blending time was equal to the decolourisation time. It was multiplied by the
stirrer speed to give the dimensionless blending time Ntyp. Values are shown in Fig.5
for both pumping directions with impeller A. The average values of Ntp for upwards
and downwards pumping are 53.0 and 52.9, which are not significantly different. Ntp
has the same value in the laminar (Re < 100) as in the transitional region. Impeller
A* in the larger tank showed similarly no effect of pumping direction on Nty (up 45.7;
down 45.2), the average value being 45.5. Thus at Re in the range 3000-8000, Nt, was
14 % smaller than in the laminar and early transition region, possibly due to more in-
tense secondary flows e.g. in the Taylor vortices. These results confirm the initial
studies of Nagata (Ref.l), who found Nt to be essentially independent of viscosity.

The corresponding values of Nty for all 7 impellers in the smaller tank are given in
Table 4, where the effect of pumping direction has been averaged out. Comparing the
impellers A, B and C or D, E and F with each other, clearance has little effect on
Nt,. However A, B and C compared to D, E and F (Table 1) shows a somewhat faster
mixing for a pitch of approx. 0.57, but then a deterioration if the pitch is further
increased to 0.81 (impeller G).



Optimal impeller selection

From all results for smaller tank, it was possible to calculate the specific mixing
energy and the specific power consumption of each impeller. The results are presented
in Fig.6, where no distinction could be drawn between impellers B and E.

For a given blending time impeller D requires the least energy input. For a.given
energy input D blends faster e.g. specific energy consumption 40 kJ/mB, by de 368! for
D and 66 s for A, which is the next fastest impeller. The geometry of helix D is
(Table 1):

a/D = 0.91 s/d = 0.57 h/d = 1.17 w/d = 0.12

which differs significantly from Nagata's optimum (Ref.4). It cannot be decided on
the basis of our measurements if a still smaller value of d/D would be even more
favourable. This depends on whether the clearance would be reached where the pumping
capacity begins to fall drastically, so that despite falling power consumption mixing
times and energies would increase rapidly.

In agreement with Nagata's original finding (Ref.l), the specific energy input to
attain a given degree of homogeneity falls with increasing mixing time, i.e. with de-
creasing impeller speed.

Scale-up

In the laminar region it can easily be shown that scale-up with the same geometry at
constant power input per unit volume requires constant stirrer speed and results in
a constant blending time.

However the constancy of process result (blending time), which as given above will be
satisfied by constant N, involves an increase of Re as the square of the impeller

(and tank) diameter. The laminar region extends to Re ~ 100 and transitional flow
within the larger tank becomes probable. In this case, P/V will inevitably be higher

on the larger scale. Physically the energy dissipation in the Taylor vortices and

other secondary flows is accompanied by a disproportionately small increase in mixing
rate. In the experiments reported here (Fig.4), it was found that P/V was 3 - 3.5 times
the value required at small scale to give the same blending time. For example tp = 40 s
required 0.2 kW m~2 and 0.6 kW m™> at small and large scale respectively. Keeping 0.2
kW o2 at large scale would have extended tm to 70 s.

Continuous operation

Form of the RTD:

Irrespective of pumping speed and direction and of throughput, all RTD curves con-
sisted first of a dead time, then some irregular fluctuations and finally an expon-
entially falling section (Fig.2). A summary of the most important results is presented
here, further details being available elsewhere (Ref.10).

Dead time tpe

This consisted of two transport lags - one in each of the feed and product pipes -
together with a transport time within the tank, as tracer followed a laminar path from
inlet to outlet. The total length of the pipes was 0.2 m and the transport lag rose
from 1 to 7 s as the throughput decreased and the nominal mean residence time (1) in-
creased from 198 to 1390 s.

In the laminar region (viscosity 1.0 Pa s; Re = 55; N = 40 rpm), the dead time in the
mixer itself depended strongly on the pumping direction (Fig.7). At the minimum and
maximum mean residence times, these dead times were 27 s (up), 3 s (down) respectively
35 s (up) and 8 s (down). As shown in Fig.8, these dead times are consistent with the
length of the paths from inlet to outlet. The primary circulation in one pumping dir-
ection is presumably simply the reverse of that in the other direction, so that the
sum of the dead times should equal the circulation time. For example with nominal mean
residence times of 347 and 462 s, dead times were 27 s (up) and 4 s (down) respectiv-
ely 29 s (up) and 4 s (down). These values estimate the circulation times as 31l s
respectively 23 s; measured circulation times averaged over the two pumping directions
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were 29 s respectively 33 s.

tp decreases only slightly with rising throughput. This may be interpreted by compar-
ing the circulation rate in the tank at zero throughput Q with the throughput q. Q is
estimated from Q ~ 0.06 NdJ. This gives Q ~ 0.73 dm’ s‘l, while q ranged from 0.02 to
0.12 dm? s~1. Since q is at most 16 % of the pumped flow, a maximum decrease of 16 %
of tp (6 s up, 1 s down) would be anticipated.

tD depended also on N. Over the range 20-100 rpm, thg following regressions resulted:

-0.72

3.1 N ok [3]

tD(up) = 2L.N

tD(down)

for FAT < ims 462 8,

When operating with downwards pumping, very short breakthrough times and therefore
short circuiting could be avoided by simply interchanging the inlet and outlet posit-
ions used here, thus increasing the liquid path.

Circulation time (t ) and pumping capacity (Q):

For the reasons given above, a reduction of at most 4 s in t; as q rose to its maxim-
um value was anticipated. Because this is within the limits to which t; can be det-
ermined, the effect of q on te will be neglected. Identifying t; by the peaks of the
Bode diagramme at various speeds gave the following regressions:

t (down) = 18 e s (up) = 22 W09 _ (4]

Average: Ntc =na20
The pumping capacity follows immediately if it may be assumed that no dead zones are
present, so that the whole volume divided by to is Q. Hence, using the average:

Q = 0.065 N3’ (piteh s/a = 0.57) [5]

The constant in this result is consistent with 0.046 (Ref.3) for a pitch of 0.35 and
0.083 [impellers I and VI (Ref.15)] for a pitch of 0.69-0.72.

Mixing time (tj):

This was estimated subjectively as the time which elapsed before the initial oscillat-
ions were fully damped and before the residence time curve decreased exponentially.
Values of tp scattered considerably, did not vary significantly with g, but were
multiples (5.0 to 3.5) of t;y, i.e. 3 to 3.5 circulations suffice to homogenise the
tank contents. Very similar results have been obtained earlier (Ref.l, 15).

Combining this result with equation [4] suggests that Nty ~ 65. This predicts slower
mixing than the result given in Table 4: Nty = 50 for batch blending with impeller D.
However a fast reaction with 40 % excess of reagent was then used, whereas here only
the blending of a dyestuff has been characterised (this might be better compared to a
reaction with stoichiometric quantities of reagents and Table 2 suggests that Nty

would have been 58 and not 50; this is still faster than Ntp ~ 65, probably because of
the steepened concentration gradients and faster diffusion when using a neutralisation).

Influence of Re and viscosity:

All results presented above refer to the laminar flow region (Re < approx. 100). By
diluting and/or warming the glycerine, the range of Re was extended to 560. te re-
mained inversely proportional to N over the whole range of Re and circulation was
again 20 % faster when pumping downwards. Nt, was given by equation [4](Fig.9), in-
dicating no effect of Re in the early transition region.

The mixing times followed the circulation times in the transition region and tp =~ 3 t..
Thus, as in the batch neutralisations reported above, no reduction in Nty on moving
into the transition region occurred. Exceptionally long mixing times in the transition
region (Ref.16) were not observed using either neutralisation or dye distribution.



Mean residence time (%):

The nominal mean residence time (V/q) was compared to the mean value determined from
the residence time distribution. This determination requires integration of the @ens—
ity function of the RTD over the time and during tp this function oscillates rapidly
depending upon the pumping direction as pulses of almost undiluted tracer leave the
tank. This introduces some inaccuracy into the numerical integration, because although
ty < t (e.g. 100 s and 400 s) the integrand is largest at the start.

Fig.10 shows, for a nominal mean residence time of_346 s, how the value t determined
from the RTD depended on N. With upwards pumping, t decreased by up to 19 % of T and
this may be understood by examining the secondary flow loop (Fig.8). ghis was driven
by the axial variation of the radial pressure gradient (®P/dr = p r w¢) as w falls to
zero on the tank base (Ref.3). This flow caused a short circuit at a rate which rose
as N increased, and so reduced the actual mean residence time. With downwards pumping
the increase of t above 346 s (up to 14 %) was probably caused by weakly agitated
zones near the corners of the base, which become larger when pumping down, and pos-
sibly also near the shaft. Such zones take up tracer from faster flowing fluid when
its concentration is high and release it later, thus increasing t. This effect is
characteristic of a flow which is highly non-uniform.

CONCLUSIONS

1) Power measurements for Newtonian fluids covering the range 20 < Re < 7700 showed an
unexpected increase in the power number of about 60 % well into the transitional
region (Fig.4). The values of Re where this increase was measured and also the
magnitude of the increase were consistent with the formation of Taylor vortices
between the helix and the wall. The dimensionless blending time decreased by 14 %
pointing to a small contribution from the vortices to mixing.

2) The influences of wall clearance and pitch on the power consumption in the laminar
region (Table 3) have been correlated empirically in equation [1]. Considering
simultaneously power and blending times (Table 4), impeller D has been shown (Fig.
6) to consume the least energy in blending Newtonian liquids within a given time.
A still higher wall clearance (> 0.05 D) might result in a further energy saving
without loss of pumping capacity.

3) Power consumption and blending time were measured at two scales (0.023 and 0.73 m3).
Scaling-up at constant impeller rotational speed is likely to increase Re such that
transitional flow exists at large scale, whereas laminar flow existed at small
scale. The consequence would then be a slight reduction of blending time, but a
substantial increase in power consumption per unit volume at large scale.

4) Residence time distribution measurements, using photometric determination of the
concentration of a photochromic dye, showed more noise than was desirable. Some of
this could be attributed to technical problems (air bubbles, dust particles,
electronic noise at low absorptions and there fore high amplifications), some was
however probably the consequence of the coarse scale after laminar flow mixing,
whereby streaks of concentrated dye passed through the sample volume.

5) The breakthrough time (Fig.7) was obviously related to the pumping direction and
the position of the inlet and outlet (Fig.8). It decreased with rising stirrer
speed [equation 3]. The dimensionless circulation time Nt, depended 1little on Re
[equation 4](Fig.9). Mixing was accomplished in about 3 circulations. The circul-
ation capacity of the impeller was given by Q = 0.059 Nd3 (upwards pumping) and
0.072 Nd° (downwards pumping), indicating the role of secondary flow (Fig.8). The
measured mean residence time deviated from its nominal value by up to -19 % (up-
wards pumping) and +14 % (downwards pumping). After the initial transients due to
the circulation of only weakly mixed tracer had passed, the residence time distrib-
ution at the lower stirrer speeds (20—50 rpm) was well described by the ideal mix-
ing model [this conclusion was drawn after representing the RTD on Bode and Nyquist
plots (Ref.10)].
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Table 1: Geometries of helical ribbon impellers.

Tmpeller a/D s/D 3 h/D w/D ZO/D
A 0.908 0,254 1.082 0. 111 14245
B 0.971 0.352 1.082 0:LOT a5
C 0.986 0.345 1.066 0.108 1225
D 0.907 0.518 1.065 0.110 1229
E 0.974 0.523 1.065 0.110 1.229
F 0.988 0:510 1:049 0.108 15 201
G 0.894 0.726 Lol 011l 1229
A% 0.954 0.345 1.060 0104 1.220
Table 2: Blending times and acid/base ratios.
Impeller HZSO4/NaOH: 1 152 1.4 1.6
A Blending time (s): 67 61 56 55
D 58 52 Hil 50
Table 3: Measured values of PoRe in the laminar regime.
Tmpeller: A B C D E F G
Po Re: 530 720 952 407 639 800 402
Table 4: Measured average values of Ntm.
Impeller: A B C D B F G
Nt (s): 53 56 60 50 49 54 88

10

A*
45



Fig. 1 The helical ribbon impeller.

Absorption

Fig.: 2 The form of the residence time distribution.
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